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The dynamic behavior and control of an ethylene glycol reactive distillation column
were studied. A detailed tray-by-tray model that explicitly includes the vapor-phase bal-
ances is derived and compared with a conventional model that ignores the vapor holdup.
The steady-state variation of the product purity (the key output to be controlled) with
respect to reboiler heat duty was studied, identifying a region of output multiplicity with
three branches corresponding to different conversion and product selectivity. Further
analysis of the process on the steady-state branch with high conversion and selectivity
reveals a transition from minimum phase behavior at moderate purity to nonminimum
phase behavior at high purity. The nonminimum phase behavior was analyzed and
addressed in the design of a nonlinear inversion-based controller that performs well with

stability in the high purity region.

Introduction

Reactive distillation, the process of simultaneous reaction
and distillation in a single unit, offers numerous advantages
over conventional configurations of reactors followed by sep-
arators. Unlike conventional reactor-separator configura-
tions, in reactive distillation the reactants/products are con-
tinuously separated from the liquid reaction phase into the
nonreactive vapor phase. This key feature allows an en-
hanced conversion in equilibrium limited reversible reactions
(such as production of methyl/ethyl acetate), a higher prod-
uct selectivity in the case of multiple competing reactions
(such as production of ethylene glycol), and provides an effi-
cient means of heat removal from (or heat addition to) the
liquid phase for reactions with high heat of reaction. These
advantages have motivated a renewed interest in the use of
reactive distillation technology for the production of impor-
tant chemicals (Agreda et al., 1990; DeGarmo et al., 1992).
However, the interaction between the simultaneous reaction
and distillation introduces a much more complex behavior
compared to conventional reactors and ordinary distillation
columns, and leads to challenging problems in design, opera-
tion, and control.

Initial research on reactive distillation focused mainly on
the numerical simulation of steady-state profiles (Chang and
Seader, 1988; Jelinek and Hlavacek, 1976). More recent re-
search focused on analyzing the phase diagrams and studying
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the existence of azeotropes in multicomponent mixtures in
the presence of reversible reactions at equilibrium (Barbosa
and Doherty, 1988c; Ung and Doherty, 1995b) or with finite
kinetics (Rév, 1994), using transformed coordinates that de-
note “reaction-invariant” composition variables. The design
of reactive distillation columns with thermally neutral re-
versible reactions at equilibrium has been addressed using
these reaction-invariant coordinates and residue curve maps
(for a general survey, see Barbosa and Doherty, 1998a,b; Es-
pinosa et al., 1995; Ung and Doherty, 1995a; Doherty and
Buzad, 1992), while an approach for the design of columns
with a kinetically limited reversible reaction was proposed in
Buzad and Doherty (1994) using fixed-point methods. On the
other hand, the design of columns with kinetically limited
multiple reactions and significant heat effects has been ad-
dressed through nonlinear optimization on the basis of de-
tailed steady-state models (Ciric and Gu, 1994; Pekkanen,
1995). In a different vein, research has also focused on the
steady-state analysis of reactive distillation columns, estab-
lishing the existence of multiple steady states in columns with
a single product stream (Pisarenko et al., 1988), MTBE col-
umn (Giittinger and Morari, 1997; Hauan et al., 1995; Jacobs
and Krishna, 1993; Nijhuis et al., 1993), and ethylene glycol
column (Ciric and Miao, 1994; Gehrke and Marquardt, 1997;
Kumar and Daoutidis, 1995b). These results are indicative of
the strong nonlinearities arising from the coupled reaction
and distillation.
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In contrast with steady-state simulation and design, dy-
namic modeling and simulation of reactive distillation
columns received attention only recently where initial studies
were based on simplified models consisting of only the mate-
rial balance equations for columns with simultaneous phase
and reaction equilibrium (Espinosa et al., 1994; Grosser et
al., 1987; Moe et al., 1995). More recent work addressed the
simulation of columns with kinetically limited reactions on
the basis of more detailed models with material and energy
balances (Alejski and Duprat, 1996; Ruiz et al., 1995). De-
spite increasing attention to dynamic modeling and simula-
tion, available literature on control of reactive distillation
columns is very limited. The early work of Roat et al. (1986)
demonstrated the inadequacies of conventional linear multi-
loop controllers with input-output pairings based on steady-
state interaction measures, and highlighted the need for more
advanced controllers designed on the basis of rigorous dy-
namic models. In our previous work (Kumar and Daoutidis,
1995a), a detailed dynamic model was derived and used for
the design of a nonlinear controller for a column with a ki-
netically limited reversible reaction. The control of batch re-
active distillation columns has also been studied in the frame-
work of optimal control (S¢rensen et al., 1996) and nonlinear
model predictive control using reduced-order models (Bal-
asubramhanya and Doyle 111, 1998). Recently, a strategy for
the startup and continuous operation of an ethyl acetate col-
umn using a linear dynamic matrix control method was pro-
posed in Baldon et al. (1997).

In this article, we address the dynamic modeling and non-
linear control of an ethylene glycol reactive distillation col-
umn. Initially, motivated by the consideration that the vapor
holdup in a reactive distillation column may have a signifi-
cant role in the coupled reaction-distillation dynamics (Kumar
and Daoutidis, 1995a,b), we derive a detailed dynamic model
which explicitly includes the vapor-phase dynamic balances
and compare the dynamic behavior predicted by this model
with that of a conventional model obtained under the as-
sumption of negligible vapor holdup. We also perform a bi-
furcation analysis to investigate the existence of multiple
steady states, focusing in particular on control-relevant input
and output multiplicities, where the bottom product purity is
the key output to be controlled. The study reveals a general
three-branch output multiplicity and the existence of up to
five steady states, indicating a complex nonlinear behavior.
Furthermore, on the steady-state branch where it is desired
to operate the column owing to the high conversion and se-
lectivity, the column exhibits a transition from a minimum
phase behavior at moderate purity to a nhonminimum phase
behavior at high purity. This nonminimum phase behavior
imposes severe restrictions on the stability and performance
characteristics of standard linear and nonlinear controllers.
More specifically, we illustrate through simulations that the
performance of conventional linear Pl controllers leaves sig-
nificant scope for improvement. On the other hand, standard
inversion-based nonlinear controllers lead to closed-loop in-
stability. Motivated by this, we address the design of a non-
linear controller that yields good performance at high purity
with closed-loop stability. The controller design is pursued
with the aid of a physical insight into the nonminimum phase
behavior, and the performance of the controller is studied
through simulations.
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Figure 1. Ethylene glycol reactive distillation column.

Process Description and Modeling

We consider a general column with N trays (see Figure 1),
where ethylene oxide (A) and water (B) are fed to stage i at
molar flow rates F, ; and Fg ;, respectively, and the following
liquid-phase reaction

C,H,0+H,0-C,H0, (1)

yields the main product, ethylene glycol (C). Ethylene glycol
further reacts with unreacted ethylene oxide to produce di-
ethylene glycol (D), a waste byproduct

C,HsO, +C,H,0 - C H,,0; 2

The kinetic data for the uncatalyzed reactions are obtained
from Corrigan and Miller (1968) and Lichtenstein and Twigg
(1948). Both reactions are quite slow at room temperature
and their rates vary significantly with temperature. The rates
of production of ethylene glycol in the main reaction (Eq. 1),
r,;, and diethylene glycol in the secondary reaction (Eq. 2),
r,; on stage i are given by the following Arrhenius relations

—9547.7

T) Xa iXg,iVi (mol/s)

ry ;= 3.255x10%? exp(

—9547.7
r,; =5.93x102exp| ———
: T

)XA,iXC,iVi (mol/s) (3)

where X, ;, Xg; and Xc ; are the mole fractions of ethylene
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Figure 2. Vapor and liquid flow in a stage i (a) with va-
por holdup, and (b) without vapor holdup.

oxide, water and ethylene glycol in the liquid phase, respec-
tively, V; (m®) is the volume of the liquid holdup given by
M)/p!, M/ is the molar liquid holdup, p| is the average liquid
molar density, and T; is the temperature. Both reactants, eth-
ylene oxide and water, are lighter than the products. Thus,
unreacted ethylene oxide and water move up the column as
more products are formed, and are completely recycled
through a total condenser. The heavy products, ethylene gly-
col and diethylene glycol, are withdrawn at the bottom from
the partial reboiler at a molar flow rate F,.

For ordinary (nonreactive) distillation columns, dynamic
models are derived under the standard assumptions of well-
mixed liquid and vapor phases in thermodynamic equilib-
rium, and a negligible vapor holdup. The assumption of
negligible vapor holdup is reasonably valid at low column
pressures. However, in reactive distillation columns with
exothermic reactions, the temperature and, hence, the pres-
sure in the individual stages may be significantly high. Fur-
thermore, even at low column pressures, the vapor holdup in
the individual stages of a reactive distillation column may have
an important role in the coupled reaction-separation dynam-
ics. More specifically, a key feature of reactive distillation is
the continuous separation of specific reactants /products from
the liquid reaction phase into the nonreactive vapor phase on
each stage i to promote high reactant conversion, product
selectivity, and so on. The assumption of negligible vapor
holdup is clearly contrary to this, since it implies that the
vapor stream from a stage i directly enters the liquid phase,
that is, the reaction phase, on stage i —1 (see Figure 2 for an
illustration), defeating the separation of the reactants/prod-
ucts on stage i.

Motivated by the above observations, a detailed dynamic
model of the ethylene glycol column is derived under the as-
sumption of well-mixed ideal liquid and vapor phases at equi-
librium. The model consists of a set of coupled differential
and algebraic equations (DAEs) for each stage i, where the
differential equations include the total and component mole
balances in the liquid and vapor phases and the overall en-
thalpy balance, while the algebraic equations include the
phase equilibrium relations, the ideal gas equation, the pres-
sure drop correlation (Eckert and Kubicek, 1994), and the
Francis weir formula. The resulting DAE model for stage i is
given by

Miv=vi+1_vi+NA,i+NB,i+NC,i+ND,i 4
i 1
Yai =W[Vi+l(yA,i+1_ Ya,i) + Nai(1—Ya i)

—(Ng i+ N i+ Ny )yai]l (5)
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¥B.i= Miiu[viJrl(yB,Hl_ Ye.i)+ Ng i(1=Ys,i)

—(Nai+ Ne,i+Np el (6)
Yei= Miiu[viJrl(yC,iJrl_ Ye,i)+ Nei(1=Ye,i)

—(Nai+ Ng i+ N )ye,i] (D)

MI=Fni+Fgi+Li_;—Li—r =",
- NA,i_ NB,i_ NC,i_ ND,i (8)

i 1
Xpi = W[FA,i(l_ Xa i)~ Fg iXai+ Lici(Xaic1 = Xai)
1

= (1, i+ 1,)(1=Xa 1)

= Nai(1= %4, )+ (Ng i+ Ne iy + Np ) xa ] (9)

i 1
XB,i=W[_ FaiXsit Fgi(1—Xg i)+ Lisi(Xg i1~ Xg,i)
1

—ri(1=Xg, i)+ 1 i Xp, i

= Ngi(1=xg i) +(Na i+ Ne i+ Ny )xg ;] (10)
i 1
Xc,izm[_(FA,i"‘ Fe.i)Xc,it Lica(Xc im1— Xc,i)

1

F 11+ X i) = rai(1— Xc i)

= Ne i(1= %, )+ (Na i+ Ng i+ Np )xc ;] (1)

. 1
Ti= W[FA,iCpA(TA_Ti)+ Fo.icPs(Te —Ti)

+Vip 10l (Tip =T+ Ligopl (T~ T))
—( NaAHY+ Ng jAHE + Ne ;AHE + Np ;A HS)
= i(AHS +Acpy(Ti—T,)) — o i(AHS + Acp, (T, — To))]

(12)
0="Piya i~ PaiXai (13)
0=Piyg,i— Ps iXs i (14)
0=Piyci— PSixc, (15)
0=Piypi— PS5 iXp,i (16)
1
0=PV,— — | - M{RT; (17)
i
2 1
ViRT; Mi_,
0=P,—P_,— 0y 5 - oy | (18)
i Pi-1
MI— iy |1
0= Li—l.839Wpi'( ' l: = (19)
i

where M;” is the molar vapor holdup, and y, ;, ¥g.i» Y ; and
Yp,i=1=Yai— ¥g.i— Yc.; are the mole fractions of the indi-
vidual components in the vapor phase in equilibrium with the
liquid phase at a temperature T; and a pressure P;. Nu ;, Ng ;,
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Nc; and Np ; denote the molar rates of transfer of the re-
spective components from the liquid to the vapor phase, while
L; and V; are the molar flow rates of the liquid and vapor
streams leaving the stage. In the ideal phase equilibrium rela-
tions (Raoult’s law), the saturation vapor pressures of the
components are evaluated by the standard Antoine relations

. 2477.331

PA, i= exp(21521 - m ) (20)
s 3748.77

PB,i =exp(23.235— m) (21)
s 34952.80

PC,i =exp(42.989— m) (22)
s 35138.88

PD,i = exp(43.392— m) (23)

For the enthalpy balance, pure liquid component at a tem-
perature of T, =273 K is used as the reference for evaluating
the enthalpies of the ideal liquid and vapor mixtures. The
heat of the reactions in Eg. 1 and Eq. 2 at the reference
temperature T, are AHS = —80 kJ/mol and AHS =—-13.1
kJ/mol, while the molar heat capacity differences Acp, = cp
—Cpy—Cpg and Acp, =Cpp — Cp, — CPc describe the varia-
tion with temperature. Moreover, cp; and cp? are the aver-
age liquid- and vapor-phase molar heat capacities, p| is the
average liquid molar density, and AH,;” denotes the average
molar latent heat of vaporization.

In the modeling equations for the top tray (stage 1), there
is no pressure drop correlation. Instead, for the case of total
condenser with total recycle, the vapor flow rate V, is given
by V, = Q./AH{, where Q. is the heat duty in the condenser.
Thus, the modeling equations for the top tray are obtained
by setting L ;=Vi, Xai-1=VYai» Xgi-1=VYe,i» Xci-1=
Ye,i» and T,_, =T,. Similarly, the modeling equations for the
partial reboiler (stage N +1) are obtained by setting F, ;,
Fgi Viz1=0and L;=F,, including the heat input Q, in the
energy balance equation, and eliminating the Francis weir
formula in Eq. 19.

These differential and algebraic equations (Egs. 4 to 19)
for each stage i together comprise the overall dynamic model
for the column. It can be verified that this overall DAE model
has an index two. Loosely speaking, the index of a DAE sys-
tem is defined as the number of differentiations required to
obtain a set of differential equations for all the variables in
the system (for a more precise definition of index and a de-
tailed discussion, see Brenan et al., 1996; Kumar and Daou-
tidis, 1995c¢). In the above model of the column, the inter-
phase mole transfer rates are unknown (algebraic) variables
that do not appear in any of the algebraic equations. Thus,
the algebraic equations are singular in the sense that they
cannot be solved directly for the interphase mole transfer
rates, and have to be differentiated once to obtain a solution
for these interphase mole transfer rates (see the controller
design section).

Under the additional assumption of a negligible vapor
holdup in each stage, the dynamic conservation equations for
the vapor phase and, consequently, the interphase mole
transfer rates are eliminated, to obtain the following DAE
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model for stage i

Mi=Fai+Fg i+ L +Vi —Li=Vi—r =1, (24)
i 1
Xai :W[FA,i(l_ Xa i)~ Fa iXai+ Lici(Xaio1 = Xai)

1

+Vie 1 (Yaivs = Xa,i) = Vi(Ya,i — Xai)

—(r,i+ )0 =x )] (25)
1

Yo =y
1

[~ FaiXs,it Fai(1— x5 ;)

+Lisi(Xeio1— Xg,i) + Vie1(Veiv1— Xg,i)
—Vi(¥g,i— X))~ Fi(1=Xg i)+ T2 iXg ;] (26)

i 1
XC,i=W[_(FA,i+ Fa.i)Xc,it Lici(Xcim1— Xc,i)
1

+Vie1(Ye,iv1— Xc,i) = VilVe,i — Xc,i)
+ri(1+xe )~ (L= xe D] (27)

. 1
Ti= W[FA,iCpA(TA_Ti)+ Fo,icPs(Ts = T1)

+ L g0p_ g (Tioy = T+ Vie a0l o(Tis s — )
+ Vi AHG = VIAH? — 1 i (AHS + Acpy(Ti — T))
=1, (AHS + Acp,(T, _To))] (28)

0="Piyai— PaiXai (29)
0=Piyg,i— PsiXs (30)
0="Piyc,i— P iXc i (31)
0=Pi(1=Yai—Vs,i— Ye,i)— P5.i(1— Xai— Xg,i— Xc.i)
(32)
2 ]
ViRT; Mi_,
0=P,—P_,—0y 5 -0, | (33)
i Pi-1
M= plV 15
0=L;—1.83Wp/[ ——— (34)
piA

Note that in the above DAE model, the algebraic equations
can be explicitly solved for the variables P;, ¥ i, ¥g.i» Ye.i» Vi
and L;. Thus, in this case, the overall DAE model for the
column has an index one and can be directly reduced to an
ODE model.

Steady-State Multiplicity and Dynamic Behavior

In the remainder of this article, we focus on a column with
N =7 trays, a single water feed Fg, to the top tray, and a
single ethylene oxide feed F,, to the fourth tray. For this
column, we analyze the existence of multiple steady states
and study the stability of the steady states on the basis of the
linearized model. Note that at steady state, the index-two
DAE model (Egs. 4 to 19) reduces to the index-one model
(Egs. 24 to 34), that is, the two models have exactly the same
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steady states; this can be verified by obtaining the relations
for the interphase mole transfer rates N, ;, ..., Np; from
the vapor-phase equations (Egs. 4 to 7) at steady state. Thus,
the simpler index-one DAE model can be used for steady-
state analysis, simulation, and design purposes.

The steady-state overall material balance for the column
yields the following for the total conversion of water (B)

FB,l_FpXB,N+1=Fp(Xc,N+1+XD,N+1) (35)
Thus, the product flow rate F, is not an independent vari-
able; it varies with the product composition according to the
relation

F
F=t (36)

p
1= XA N+1

This variation in F, is incorporated in the analysis by control-
ling the liquid holdup M),,, in the reboiler, using F, as the
manipulated input. Furthermore, the condenser heat duty Q.
is used to control the pressure in the top tray at one atmo-
sphere. Under these specifications, there are altogether three
degrees of freedom left in the column, the reactant feed flow
rates Fg;, F5 , and the reboiler heat duty Q,, which will be
varied to investigate the existence of multiple steady states in
the column.

Initially, we focus on a column with the nominal feed flow
rates Fg,; =5.5 mol/s, F, ,=5.775 mol/s, and reboiler heat
duty Q,=5.5 MW. Note that ethylene oxide (A) is fed in
slight excess of water (B). The feed ratio should ideally be
close to one to allow a high product purity xc v, ;. However,
a slight variation in one or both feeds has a strong influence
on the dynamic behavior of the column. We will discuss this
issue in further detail later in the control section. For the
nominal column configuration, we investigate the possibility
of multiple steady states through a homotopy continuation
similar to Ciric and Miao (1994), where the reaction terms in
the modeling equations are multiplied by a factor of A. The
variation in the steady-state product composition Xc n,; IS
traced as the homotopy parameter A is increased from an

initial value of zero (nonreactive column). The value of A=1
corresponds to the nominal reactive distillation column. Fig-
ure 3a shows the variation of x. ,, at steady state with A.
The steady states that are stable are represented on a solid
curve, while unstable ones are represented on a dashed curve;
the stability of the steady states is studied on the basis of the
eigenvalues of the linear approximation of the dynamic model.

Clearly, the reactive distillation column (A=1) has three
distinct steady states. The low conversion steady state lies on
the stable lower branch, which passes through a turning point
at A= 3.81, where one of the eigenvalues of the linearized
system crosses over to the right of the imaginary axis. The
medium conversion steady state lies on the middle branch
which is unstable and passes through another turning point
at A=0.78, where another eigenvalue crosses to the right.
Finally, both the unstable eigenvalues become complex con-
jugate as they cross back to the left of the imaginary axis at a
Hopf bifurcation point at A = 0.79, indicating the possible ex-
istence of periodic solutions. The third steady state with a
high conversion lies on the upper branch which is stable.
While the existence of the three steady states at A=1is in
accordance with the results of Ciric and Miao (1994), there
are several qualitative differences. For instance, the left turn-
ing point is far away from A =0 and the upper branch covers
a much wider range of product purity, or equivalently, pro-
duction rate of ethylene glycol (the product flow rate F, given
by Eg. 36 is constant along the upper branch since x5 yi;=
0). These discrepancies can be ascribed to certain differences
in the modeling assumptions and parameter values. For ex-
ample, contrary to Ciric and Miao (1994), we do not assume
that the reactions are constrained to occur only in the top
section of the column, or that the liquid-phase specific en-
thalpies are negligible compared to the heats of reaction and
the latent heat of vaporization, since the temperature varia-
tion is a key source of nonlinearity.

We also studied the effect of varying the feed flow rates
and the reboiler heat input on the shape of the steady-state
curve and the number of steady states. Figure 3b depicts the
steady-state curves for the nominal reactant flow rates (1),
reduced flow rates Fg,=1.3 molss, F, ,=1.365 mol/s (1),
and higher flow rates Fg;=10.0 mol/s, F, ,=10.5 mol/s
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Figure 3. (a) Variation of steady-state product composition with A (stable (—), unstable (---)), variation of
steady-state curve with (b) reactant flow rates, and (c) heat input in reboiler.
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Figure 4. (a) Product composition; (b) total reaction rate for the main reaction; (c) total reaction rate for the side
reaction, as predicted by the index-one (- - - -) and index-two (—) DAE models.

(11); the feed ratio F, ,/Fg ; is kept constant at 1.05. Clearly,
for the low reactant feed flow rates (case Il), and, conse-
quently, lower product flow rate F,, the whole curve shifts to
the left such that the right turning point is below A=1 and
the column possesses a single high conversion steady state.
On the other hand, for high feed flow rates (case IlI), the
curve shifts to the right such that the left turning point is
above A =1 and the column again possesses only a single low
conversion steady state. Thus, as the reactant and product
flow rates increase (decrease) compared to the internal liquid
and vapor flow rates in the column, the conversion decreases
(increases).

The variation of the steady-state curve with the heat input
Q,, in the reboiler is shown in Figure 3c. Clearly, as the heat
duty Qy in the reboiler is increased to 7.0 MW (case IV),
and, consequently, Q. is also increased to maintain atmo-
spheric pressure in the top tray, the internal liquid and vapor
flow rates increase to yield a higher conversion, shifting the
curve to the left.

Despite the fact that the index-one and index-two DAE
models have the same steady states, the index-one model may
predict a significantly different dynamic behavior of the
process as compared to that predicted by the more detailed
index-two model. To illustrate these differences, we per-
formed dynamic simulations of the index-two DAE model
(Egs. 4 to 19) using a minimal-order state-space realization
(see the section on control at moderate purity for a discus-
sion on the state-space realization), and the simplified index-
one DAE model (Egs. 24 to 34). Figure 4 shows a compari-
son of the profiles for the product composition x. ., and
the total (over all stages) reaction rates r;, = X5_;r; ; and r,,
= Z?=lr2,i predicted by the two models, starting from a steady
state corresponding to medium conversion on the middle
branch in case (1V) (see Figure 3c) and for an increased reac-
tant feed flow rate Fg, =15.5 mol/s, increased product flow
rate F,=20.5 mol/s, increased heat input Q,=7.2 MW and
reduced heat removal Q,=6.9 MW (steady-state values of
F, and Q. are 6.46 mol/s and 7.2 MW, respectively). Clearly,
the index-one model predicts significantly higher reaction
rates and production of C than the index-two model. This is
consistent with the fact that the assumption of a negligible

56 January 1999 Vol. 45, No. 1

vapor holdup in the former model implies that all the reac-
tants and the products reside in the liquid (reaction) phase,
without any separation into the nonreactive vapor phase.
These differences indicate that the detailed index-two model
should be preferred over the index-one model for an accu-
rate description of the dynamic behavior of the column, and
the design of effective model-based controllers.

Control Studies

We address the control of the column with a nominal wa-
ter feed F; ; =5.5 mol/s and a nominal ethylene oxide feed
Fa 4 =5.775 mol/s. In the previous section, we studied the
steady-state multiplicity in the column with perfect control of
the top pressure P, and the reboiler liquid holdup M), ;,
using Q. and F, as the corresponding inputs. Besides con-
trolling these two outputs, the primary objective is to control

0.8
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TO,N+1
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Figure 5. Variation of steady-state product purity X y 41
with reboiler heat duty Q,, (stable (—), un-
stable (---)).
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the product purity, that is, the mole fraction xc y, ;, with the
reboiler heat duty Q, as the additional manipulated input.

Output multiplicity

In this section, we investigate the possibility of input and
output multiplicities in the column with respect to the pri-
mary output Xc y.; and input Q,. The same perfect con-
trollers for P, and M,,,, were used to ensure that the over-
all material and energy balances in the column are satisfied
as the reboiler heat input Q,, is varied. The plot for the
steady-state variation of xc \,; with Q, is shown in Figure
5, where the stable and unstable steady states are indicated
by solid and dashed lines, respectively. Clearly, the plot shows
a three-branch output multiplicity, and in a small range of

the input around Q,, = 4.75 MW, there exist up to five steady
states.

Along the lower branch, for a low reboiler heat input Q,, =
3.5 MW, the temperature in the column is too low for any
significant reaction and the column essentially behaves as an
ordinary nonreactive distillation column for water and eth-
ylene oxide. As the heat input Q,, is increased, the tempera-
ture in the reboiler increases enough for the reactions to
occur. Figure 6 shows the variation with Q,, in the composi-
tion, temperature, and reaction rate profiles and a compari-
son of the total (on all stages) reaction rates r,, (solid) and
r,, (dashed) for the two reactions in Eq. 1 and Eq. 2, along
the lower branch. Clearly, both the reaction rates increase
simultaneously in the reboiler with increasing temperature
and this lower branch corresponds to low conversion and low

T (K)

r; (mole/s)

08

08

Ie» Iy (mole/s)

04

02]

r; (mole/s)

Figure 6. Variation in composition, temperature, and reaction profiles in the column with varying heat input Q,, along

the lower steady-state branch.
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product selectivity. The composition essentially changes only
in the reboiler as ethylene glycol and diethylene glycol are
produced.

Figure 7 shows the variation of the composition, tempera-
ture, and reaction profiles with Q,, along the middle branch.
Clearly, the reactions are still confined essentially to the re-
boiler and proceed from a moderate to almost complete con-
version of ethylene oxide (x, y.;— 0). However, as more
ethylene glycol is produced, it is consumed in the faster sec-
ondary reaction to yield the byproduct diethylene glycol. Thus,
this middle branch corresponds to steady states with high
conversion of ethylene oxide, low conversion of water, and,
consequently, low product selectivity (xp ny1> X n1)-

Figure 8 shows the composition, temperature and reaction
profiles in the column along the upper branch of the bifurca-
tion diagram. As the reboiler heat input is increased, the
temperature in the column increases. Moreover, there is a

significant amount of heavy products which displace the light
reactants, ethylene oxide and water, from the reboiler into
the column as Q,, is increased. These two effects together
push the reaction zone upwards from the reboiler into the
column (see the profile for r;). Furthermore, owing to the
large difference in the volatilities of ethylene oxide and wa-
ter, the column begins to exhibit an excess of water com-
pared to ethylene oxide in the reaction zone, thus favoring
the main reaction in Eq. 1 while suppressing the formation of
diethylene glycol in the side reaction (Eq. 2). So, this branch
corresponds to complete conversion of ethylene oxide
(Xa nt1=0), increasing conversion of water, and, hence, in-
creasing product selectivity and purity.

It is desirable to operate the column at a steady state on
the upper branch with high conversion and high selectivity.
The three-branch output multiplicity clearly illustrates the
nonlinear behavior of the column. Moreover, as we shall il-

r; (mole /s)

Iy, Iy (mole/s)

ry (mole/ s)

Figure 7. Variation in composition, temperature, and reaction profiles in the column with varying heat input Q,, along

the middle steady-state branch.
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Figure 8. Variation in composition, temperature, and reaction profiles in the column with varying heat input Q,, along

the upper steady-state branch.

lustrate in the next section, even along the upper steady-state
branch, the column exhibits a fundamentally different behav-
ior depending on the product purity.

High-purity column— Nonminimum phase behavior

We investigate the existence of nonminimum phase behav-
ior in the column, along the upper steady-state branch of Fig-
ure 5. More specifically, we studied the location of the trans-
mission zeros of a linear approximation of the state-space re-
alization (see the next section) of the index-two DAE model.
The study revealed a transition from a minimum phase be-
havior to a nonminimum phase behavior at x¢ ;= 0.814.
Figure 9 shows the upper steady-state branch where the
steady states corresponding to minimum phase behavior are
shown on a solid curve, while the ones corresponding to a
nonminimum phase behavior are shown on a dashed curve.

AIChE Journal

At moderate purity (Xc 44 <0.814), all zeros are to the left
of the imaginary axis, that is, the system is minimum phase.
At Xc i1 =0.814, a pair of complex conjugate zeros cross
over to the right of the imaginary axis, while another pair of
zeros cross to the right of the imaginary axis at Xc yiq1=
0.8815, and then back to the left at x¢ ;= 0.917.

In what follows, we analyze the physical characteristics of
the column along the upper steady-state branch to gain an
insight into the transition from minimum phase behavior at
moderate purity to a nonminimum phase behavior at high
purity. Note first that at a steady state on this branch, the
system is stable when only M/, , and P, are controlled with
F, and Q,, respectively, while x¢ ., is left uncontrolled (see
Figure 5). This implies that, loosely speaking, the input-out-
put pair (Q, Xc n+1) is responsible for the nonminimum
phase behavior. Furthermore, along this branch, xc y,; in-
creases with increasing reboiler heat input Q,,, which implies
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Figure 9. Steady states corresponding to minimum
phase (—) and nonminimum phase behav-
ior (---).

that the reaction in the column is always favorable for the
product, in the sense that as Q,, increases, the conversion of
water in the main reaction (Eq. 1), and, thus, the product
selectivity increases, thereby increasing xc ;. On the other
hand, the distillation in the reboiler changes radically from
moderate to high purity, and causes the transition from mini-
mum phase to honminimum phase behavior.

More specifically, at moderate purity, there is a significant
amount of unconverted water at the bottom; Figure 10 shows
the variation of the steady-state mole fraction of water in the
reboiler xg \,; With the heat input Q,. The presence of wa-
ter in the reboiler, which is lighter than ethylene glycol, en-
sures that the distillation in the reboiler is also favorable for
the product; as the reboiler heat input Q,, is increased, water
is preferentially vaporized and recycled in the vapor boilup,
thereby increasing Xc .1

02 T
o.18f
0.16f .
0.141 E
Foo12r
Z
o0 L _
2o
0.08| :
0.06f 4
0.04}
0.02}
0 . . . ) A A
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Figure 10. Steady-state variation of xp,.; with Qy
along the upper branch.
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Figure 11. Response in Xc ., for a step increase in
Q,, under perfect control of P, and M}, , ;.

However, in the high-purity region with a high xc ., wa-
ter is almost completely consumed, that is, xg y,;=0, and
the liquid holdup in the reboiler essentially contains the
product ethylene glycol and the byproduct diethylene glycol.
Due to the absence of water in the reboiler, the distillation
now favors the byproduct diethylene glycol, which is heavier
than ethylene glycol; a higher heat input Q, preferentially
vaporizes and recycles ethylene glycol, thereby reducing
Xc,n+1- A competition between the favorable reaction in the
column that corresponds to a steady-state increase in Xc y; 1
with Q,,, and the unfavorable distillation in the reboiler that
leads to a decrease in the transient response of xc y,, for
an increased Q,, causes the nonminimum phase behavior.
This is illustrated in Figure 11, which shows the response in
Xc,n+1 for a 5% increase in Qy, starting from a steady state
with X ;= 0.8815 and under perfect control of P, and
M{, 1. Note the inverse response in X¢ ., after an initial
increase.

The nonminimum phase behavior in the high-purity region
(X¢, n11>0.814) has serious consequences on the stability
and performance characteristics of standard linear and non-
linear controllers. We will illustrate these limitations later,
and address the design of a nonlinear controller that yields a
good set point tracking performance with closed-loop stabil-

ity.

Control at moderate purity

In this section, we address the control of the seven-tray
column in the moderate purity region (x¢ y,; < 0.814). More
specifically, for the process where it is desired to control the
OUtPULS Y; = Xc, 1, Y2 = M,y and ys =Py, using the ma-
nipulated inputs u; =Qy, U, = F, and u; =Q,, we will de-
sign a nonlinear controller on the basis of the index-two DAE
model in Egs. 4 to 19.

A systematic framework for the design of feedback con-
trollers for nonlinear high-index DAE systems was developed
in Kumar and Daoutidis (1995c¢). More specifically, DAE sys-
tems with the following general description were considered

AIChE Journal



x=f(x)+b(x)z+ g(x)u
0=k(x)+1(x)z

i=1,...

yi = hi(x), » M

€]

where x € € cR" is the vector of differential variables for
which we have explicit differential equations, ze Z CRP is
the vector of algebraic variables which evolve according to
the algebraic equations, u€R™ is the vector of manipulated
inputs and y; are the outputs to be controlled. The controller
design for the DAE system in Eg. 37 entailed the derivation
of a state-space realization, which was addressed through an
algorithmic procedure involving a systematic identification of
the underlying constraints in x imposed by the singular alge-
braic equations and the differentiation of these constraints to
obtain a solution for z.

For the index-two DAE model of the column, the differ-
ential variables for each stage i are X' =[M{ ya; V8. Ye.i
M! Xa; Xs.i Xc i T;]" while the algebraic variables are z'=
[Nai Ngi Nei Npi P L; VI, except in stages 1 and N +1
where there is no pressure drop correlation and Francis weir
formula, respectively, and the algebraic variables do not in-
clude Vv, and L., ,. Note, however, that for the stages i = 2,
..., N+1, the vapor flow rate V; appears in a nonlinear fash-
ion in the pressure drop correlation (Eq. 18). Thus, in order
to obtain a DAE model in the form of Eq. 37 that is linear
(affine) in the algebraic variables z, the vapor flow rate V; for
these stages is included in an extended vector of differential
variables X' =[x V,I", and its time-derivative V, =V, is in-
cluded in the vector algebraic variables (for more details, see
Kumar and Daoutidis, 1995a).

The resulting DAE system has altogether n=10(N +1)—1
differential variables, p = 7(N + 1) — 2 algebraic variables, and
m = 3 outputs and manipulated inputs, and the algorithmic
procedure of Kumar and Daoutidis (1995c¢) converges in one
iteration. More specifically, for each stage i, the singular al-
gebraic equations (Eq. 13 to Eq. 19) impose five constraints
in the differential variables X'. These constraints are easily
obtained by solving for P, in terms of X' from the ideal gas
equation (Eq. 17), and substituting the solution in phase
equilibrium relations (Eq. 13 to Eq. 16) and the pressure drop
correlation (Eqg. 18). The resulting constraints are

PIMIRT; Y | _PS x
| | AT MA
piVi— M
| v
PiM{RT;yg ;
NIV F’Bs,ixB,i
piVy— M
Ingv
) PIM{RT; ¥
k(%) = W—Pcs,ixc,i
1 1
PIMIRT, yp ; P x
| | D,i*D,i
piVi— M
pilMiURTi _ pilflMiUflRTifl . Vi( PiIVt_ Mil)
piIVt - MiI pil— M~ Mil—l ! pilMiU
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Differentiating these constraints once, the resulting algebraic
equations can be solved for Ny, Ng;, Nc;, Np; and A
implying that index is vy = 2. Thus, a state-space realization
of the DAE model on the constrained state space specified
by the constraints in Eqg. 38 can be obtained by substituting
the solution for the algebraic variables in the differential
equations. Furthermore, the above constraints k(%) in Eq.
38 can also be used in the coordinate change (for further
details, see Kumar and Daoutidis, 1995c)

_gli'o_ B w -
{0 Xai

, £3° Xg,i

'= . = ' 39

{ [ X (39)
gsi,o T;
gi,l k'l(?)

to obtain a minimal-order state-space realization of di-
mension 5(N + 1) with exactly the same states ¢ "° =[ M} X, ;
Xg.i Xc; T;]" as in the index-one DAE model with negligible
vapor holdup assumption (Egs. 24 to 34). For this minimal-
order state-space realization, the relative orders of the three
outputs with respect to the manipulated input vector u are
r,=1,r,=1,and r;=1, and the characteristic matrix is non-
singular.

An input/output linearizing controller was designed on the
basis of the minimal-order state-space realization of the in-
dex-two model to enforce the following decoupled first-order
responses in the closed-loop system

dy;

yi_l_‘yia=yisp7 i=1,2,3 (40)

where ;g is the set point for the output y;, and v,, ¥, and
v4 are adjustable scalar parameters. Figure 12 shows the per-
formance of the controller in the nominal process for a 5%
increase in the set point for product purity y,,, starting at a
nominal steady state with x. ;= 0.748. The controller was
tuned with the parameters y, =3.33 h, y, =1.67 h, and y; =
0.83 h. Clearly, the controller enforces the requested linear
response, and the manipulated inputs also vary smoothly to
their respective steady-state values.

=0 (398)

2
_ Milfl

)

Pi-1
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Figure 12. Closed-loop profiles under input/output linearizing controller at moderate purity for a 5% step increase

in the set point for X y ;1.

Control at high purity

Unlike in the moderate purity region, the input/output lin-
earizing controller designed to enforce the response in Eq. 40
leads to closed-loop instability in the high-purity region. Fig-
ure 13 shows the closed-loop input and output profiles under
the controller, starting at an initial condition x(0) perturbed
slightly from the steady state corresponding to Xc yi1=
0.8815. Clearly, the closed-loop system is unstable, which cor-
roborates the observation of nhonminimum phase behavior on
the basis of the zeros of the linearized model discussed ear-
lier.

We also studied the performance of Pl controllers de-
signed to control the top pressure P, with Q., the reboiler
liquid holdup M/, with F, and the product composition

62 January 1999

Xc,n+1 With Qy, through simulations in this high-purity re-
gion. The three PI controllers

Qn= Qh,nom + Ky Yisp — Xc,N+1

1 4
+Hj;)(ylsp_ XC,N+1(7))dT

1
+$/;(Y25p_ Mlll+1(7))d7)
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Figure 13. Closed-loop profiles under input/output linearizing controller at high purity.

Q.= Qc,nom + Kc3( Yasp — P,

1
+ m'/;)(y%p - Pl(T))dT) (41)

where nom refers to the nominal steady-state values of the
respective inputs, were tuned with the following parameters

K = 3.0 MW/mol %, t;, = 0.556 min
K, =—2.0mol/s-kmol, t,,=1.67 min (42)
K= —0.5 MW/atm, t;3=1.67 min

AIChE Journal

Figure 14 shows the performance of the PI controllers for a
5% increase in the set point y,,, for product purity starting
from the nominal steady state at x. y.;=0.8815 and three
different values of the controller gain K,. The controller with
a low gain K = 3.0 yields a smooth but very slow response.
For a higher gain K = 5.0, the controller performs slightly
better (in terms of reaching the new set point faster), albeit
with some overshoot. As the gain is increased to K. = 7.0,
the controller calculates large heat duties in the reboiler and
condenser and the performance deteriorates significantly. A
further increase in the gain leads to an instability due to the
nonminimum phase behavior.

The simulations with the input/output linearizing con-
troller and the PI controllers demonstrate the need for a
nonlinear controller that accounts for the nonminimum phase

January 1999 Vol. 45, No. 1 63



Xe,N+1

086

Qy (MW)

0 50 100 150 ‘o 50 0 150
time (hr) time (hr)
8.01
8.006 6r
~
)
B 2
g 9
~ 7995 g
1 ~
~Z a
> e =
7.985 s2r
7885 50 00 50 STy 50 100 150
time (hr) time (hr)
111 24
2}
11
204
100F"
— o~ 8
E 7w 3
RCART X % 16
[0 < 9 PP
107h S ’ \‘\\‘
1.08}
1055 50 ) 150 % 50 100 150
time (hr) time (hr)

Figure 14. Closed-loop profiles with PI controllers at high purity, with different controller gains K.; =3 (—), K;; =5

(---),and Ky =7 (---+).

behavior of the column at high purity and yields an improved
performance with closed-loop stability. In the rest of this sec-
tion, we will address the design of such a controller.

The control of nonlinear nonminimum phase systems is a
challenging problem and an active area of research. A gen-
eral and practical controller design method that addresses
both stability and performance issues in nonlinear nonmini-
mum phase systems is not available. One approach is to de-
sign a nonlinear regulator (Isidori and Byrnes, 1990) whose
stability characteristics are independent of whether the pro-
cess is minimum phase or not. However, the application of
this approach is limited by the fact that the controller design
involves the highly difficult task of solving a set of nonlinear

64 January 1999 Vol. 45, No. 1

partial differential equations. On the other hand, standard
inversion-based controllers lead to closed-loop instability for
nonminimum phase systems. In light of this problem, specific
controller design methods have been proposed for some lim-
ited classes of nonlinear systems. More specifically, the con-
trol of second-order nonlinear nonminimum phase systems
has been addressed in Kravaris and Daoutidis (1990), while
for higher-order nonlinear SISO systems that are completely
state-space linearizable, an approach based on the calcula-
tion of a “statically equivalent” output with respect to which
the system is minimum phase was proposed in Wright and
Kravaris (1992). In a similar vein, for a class of nonlinear
maximum phase SISO systems, that is, systems with no stable
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or center manifolds in the zero dynamics, an approach for
approximate linearization was proposed in Doyle Il et al.
(1996), which involves a modification of the input and its
derivatives, rather than the output, in an observability canon-
ical form representation of the system.

We address the controller design for the high-purity col-
umn following the approach of statically equivalent outputs.
To this end, we will construct an auxiliary output y; such
that: (i) ¥, is statically equivalent to the process output vy,
that is, ¥, =y, at every steady state, and (ii) the system is
minimum phase with respect to ¥, (and the other outputs y,,
y3). Once such an output ¥, is constructed, an input/output
linearizing controller designed for y; will yield asymptotic
tracking for y, with closed-loop stability. Note that the choice
of such a statically equivalent output is not unique, but it
affects the transient performance of the controller. The de-
sign of a statically equivalent output that yields good control
performance was addressed in Wright and Kravaris (1992)
through an ISE optimization problem. However, the solution
of such an optimization problem is difficult for general non-
linear systems and analytical solutions are available only for
the specific class of nth order systems with a relative order
r=n-—1 (Wright and Kravaris, 1992). In what follows, we
propose a statically equivalent output ¥, for the column such
that the resulting controller yields good performance with
stability.

Consider an output of the form

dXc N1

©0)
pm + a( (9 u) (43)

Yi=Xc,n+1t T

where [ © s the state vector for the minimal-order state-
space realization of the index-two DAE model, vy, is a scalar
parameter, (dxc . 1/dt) is given by the differential equation
for xc n41 in the index-two model, and the term « is to be
designed. The above form for ¥, is motivated by several fac-
tors. First, note that the term xc y, i+ vy(dxc i 1/dt) is
statically equivalent to y, and it corresponds to the usual
first-order linear response in y, requested in the standard
input/output linearization, that is, for « =0, a controller de-
signed to enforce ¥, =y, , (the relative order of ¥, is T; = 0)
essentially induces a first-order linear response in y,. Clearly,
such a controller would lead to closed-loop instability. The
term « is a design parameter that will allow overcoming this
limitation of the input/output linearizing controller. In par-
ticular, « will be designed such that (i) the system with the
output Y, is minimum phase and a controller that enforces
V1= Y15, does so with closed-loop stability, and (ii) at any
steady state ({?, uy), a({?, u,) =0 so that ¥, is statically
equivalent to y,. Recently, a similar approach for designing a
statically equivalent output for nonlinear nonminimum phase
systems has been proposed in Kravaris et al. (1997), where
a linear combination of the process output and the time-
derivatives of the states is considered as a choice for the stat-
ically equivalent output.

With the above observations, we address the design of «
by focusing on modifying the destabilizing effect of the unfa-
vorable distillation in the reboiler. More specifically, consider
the column with the feed ratio
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F
T (44)
FB,l

where re =0, rz >0 and rg <0 correspond to a stoichiomet-
ric feed ratio (with respect to the main reaction in Eq. 1),
excess A, and excess B, respectively. The steady-state overall
material balances for the conversion of ethylene oxide (A)
and water (B) in the column, yield the following relations

Faa— FoXa n+1s= FoXe n+1s T 2R Xp N1s
Fg1

F——2 (45)
Pl Xant1s

In the high-purity region, ethylene oxide is completely con-
sumed in the two reactions, that is, X, y415=0. Thus, F,=
Fg 1 and

X, n+1s = 0.5(1— g = Xc Nt1s)s

Xp,N+1s = 0.5(1+ e = X N 1s) (46)

Note that for a fixed feed ratio rg, the steady-state product
composition ¢ 15 increases with Q, (Figure 5), and, thus,
from Eq. 46, Xg 115 @nd Xp 415 decrease with Q. How-
ever, the difference Xp 15— Xg ny1s=FF IS COnstant and
depends only on the feed ratio. On the other hand, starting
from a steady state, as Q,, is increased, xg . (t) decreases
with time. Furthermore, at moderate purity, the favorable
distillation yields an increasing x¢ v 1(t). Thus, xp y,4(t) =
1—xg no1(D) = X Ny a(D) initially increases slightly and then
decreases so that xp (1) — Xg n.q(t) stabilizes at the
steady-state value re. In contrast, at high purity, owing to the
unfavorable distillation, x¢  , 1(t) also decreases after a slight
initial increase. Thus, Xp . 4(t), and, consequently, the dif-
ference xp 4 1(t)— Xg 4 1(t) increases substantially from the
steady-state value of rp and needs to be stabilized.

Motivated by the above observations, we consider the fol-
lowing output

dXe, N+1
Yi=]Xc,n+1 TN

dt

. d(Xp N+1 ™ XB N+1)
+ B[ Xp,Nn+17 X, N+1 T YL at —Ie

(47)

where a=B[(XD,N+1 — Xp, N+1)+§1(d(XD,N+1_XB,N+1)/dt)
—re] corresponds to the stabilization of (Xp 41— Xg ni+1)
at its steady-state value r.. Note that « is trivially zero at
steady state, that is, ¥; in Eq. 47 is statically equivalent to y,.
With this new output ¥, a controller was designed to enforce
the closed-loop response

71= ylsp (48)
dy; .
yi"’ViE:ylspv i=2,3 (49)

and its performance was studied through simulations.
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The stability and performance characteristics of the con-
troller depend on the adjustable parameters, especially the
parameters B, y,, and ¥, in the definition of the output ¥,
in Eq. 47. While vy, corresponds to the time constant of the
first-order response for xc y; in a standard input/output
linearization, %, corresponds to the time constant for the sta-
bilization of (xp 11— X n+1) at its steady-state value re.
The parameter 8 is the relative “weight” for the stabilization
of (Xp n+1— Xg n+1)- FOr =0, the controller reduces to
the standard input/output linearizing controller designed to
enforce a first-order linear response for x¢ ., which, how-
ever, leads to closed-loop instability. On the other hand, for

0.94,

0.93f

B=1and y, =v,, it can be verified that

~ dXg N1
Y1=(1_2XB,N+1)_271T_ e

and, thus, the controller reduces to an input/output lineariz-
ing controller for the output Xg 4, that is, the mole frac-
tion of water, and enforces the following response

dXg, N+1

T 0.5(1—re = yiqp)
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Figure 15. Closed-loop profiles for a 5% increase in y,, in high-purity region under proposed nonlinear controller
(—), and PI controllers with K ;=3.0 (---), K;;=5.0 (- ---).

66 January 1999 Vol. 45, No. 1

AIChE Journal



The process is minimum phase with respect to the output
Xg, N+ 1, Since both the reaction in the column, and the distil-
lation in the reboiler are unfavorable for water, that is, an
increase in Qy, leads to a decrease in X, in the transient
response, as well as at steady state. Thus, for vy, > 0, this con-
troller ensures closed-loop stability. Moreover, by regulating
Xg, n+1 tO the set point, 0.5(1— rg — y,4,), which corresponds
t0 Xc n+1= Yisp at steady state (see Eq. 46), the controller
yields asymptotic tracking for the product purity Xc yii.
However, its transient performance is not good, since X¢ y.;
is left uncontrolled and reaches the set point y,, very slowly.
Given these two limiting cases, the parameters B, y;, and ¥,
can be tuned to achieve optimum performance with closed-
loop stability.

The controller was tuned with the parameters 8 =0.7, vy,
=20h, =36 h, y,=0.33 h, and y;=05 h, and the
closed-loop profiles for a 5% increase in y,, are compared
with that of the PI controllers in Figure 15. Clearly, the pro-
posed nonlinear controller yields a faster response in the
product purity Xc y.; With no overshoot while maintaining
y, and Yy, at the respective set points. Moreover, the calcu-
lated heat duties in the reboiler and the condenser also rise
quickly from the initial nominal values to the final steady-state
values. In contrast, the Pl controller with K =5 evaluates
large heat duties in the reboiler and condenser.

Remark 1. Until now, we focused on the column with a
slight excess of ethylene oxide feed, rp = 0.05. In this case, as
water is completely consumed in the main reaction (Eq. 1),
the excess ethylene oxide reacts with the product ethylene
glycol in the side reaction (Eq. 2) to produce the heavier
byproduct, diethylene glycol. Thus, as Q,, increases in the
high-purity region, X ny1s— (1 —rp), and from Eq. 46,
Xg n+1s 0 and Xp ni1s— g >0. The absence of (light)
water, and the presence of the (heavy) byproduct diethylene
glycol lead to the unfavorable distillation and, consequently,
the nonminimum phase behavior. On the other hand, if wa-
ter is fed in excess, that is, rp <0, then at high purity, all
ethylene oxide is consumed primarily in the main reaction,

XC N+1

Qp, MW)

Figure 16. Steady-state variation of x¢ ., with Q, for
re =0.05 (—) and rr = —0.045 (---).
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with very little production of diethylene glycol in the side re-
action. In particular, as Qy, increases, Xc 415~ (1+ rg), and
from EQ. 46, Xg ny15— — >0 while x5 y,,,—0. The
presence of unconverted excess water in the reboiler ensures
that the distillation is always favorable and the system is min-
imum phase. These obervations may suggest that the column
should preferably be operated with excess water feed, close
to the stoichiometric ratio, that is, rr = — e <0 (the maxi-
mum attainable purity is limited by X¢ 15 <1—I[rg]). How-
ever, this is not desirable from energy considerations. Figure
16 shows a comparison of the steady-state variation of x¢ .
with Q,, for r. =0.05 and rp = —0.045. Clearly, in the case of
excess water feed (rr = —0.045), a much higher heat input
Qy, is required to attain high product purity X ;. Further-
more, even if the nominal water feed is in slight excess over
the nominal ethylene oxide feed, a slight change in one or
both feed flow rates can easily lead to excess ethylene oxide
and nonminimum phase behavior. Thus, the need for ad-
dressing the nonminimum phase behavior in the controller
design cannot be avoided by modifying the column operation
to excess water feed.

Conclusions

In this article, we addressed the dynamic modeling and
control of an ethylene glycol reactive distillation column. We
derived a detailed tray-by-tray model that includes the
vapor-phase dynamic balances. A comparison of the dynamic
behavior predicted by this model with that of a conventional
model that ignores the vapor holdup illustrated the impor-
tance of including the vapor phase for an accurate descrip-
tion of the process dynamics. A steady-state bifurcation anal-
ysis for the column yielded the existence of up to five steady
states, indicating the presence of strong nonlinearities even
in the case of ideal phase behavior. Moreover, the column
was found to exhibit a nonminimum phase behavior at high
purity, which makes the design of effective controllers a chal-
lenging problem. A nonlinear controller that yields good per-
formance with stability in the high-purity region was devel-
oped with the aid of a physical insight into the nonminimum
phase behavior, and its superior performance over linear Pl
controllers was demonstrated through simulations. The non-
minimum phase behavior in the column occurs due to a com-
petition between a favorable reaction in the column and an
unfavorable distillation in the reboiler. This may be a com-
mon phenomenon in reactive distillation columns where the
desired product is withdrawn at the bottom from the re-
boiler, and the proposed method in this article provides an
approach for addressing the nonlinear control of such
columns.
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